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- Bubble diameter should decrease with pressure (King, 1979).
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Sh is only slightly sensitive to pressure, increasing with P%75 at maximum.
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Table 1-1. Models for predicting carbon efficiency in continuous FBC

(a) Models
reference A B C D E F G H

Campbell and Davidson, 1975 | a I c I c no no
Gibbs, 1975 I a I a I a,b no no
Gordon and Amundson, 1976 | a I c 1111 c no yes
Baron et al., 1977 -1V a-d I b Il a,b no no
Chen and Saxena, 1977 Il c I c I a no no
Baron et al., 1978 I a I c I a no no
Chen and Saxena, 1978 Il a Il c I a no no
Gordon et al., 1978 I a I c [} c no yes
Horio and Wen, 1978 1] b Il a I a no yes
Rajan et al., 1978 11 b Il a Il a no yes
Donsi et al., 1979 I a,b I b Il a,b yes yes
Fanetal.,, 1979 I a 11 c I c no no
Park et al., 1981 v d I d Il a yes yes
Bywater, 1980 v d [ f Il c no no
Rajan and Wen, 1980 1] b I c Il a,b yes yes
Bukur and Amundson, 1981 I a I c I a no yes
Congalidis and Georgakis, 1981 IlI a Il b 1] a,b no yes
Tojo et al., 1981 I a 11 c I c no no
Tung et al., 1981 I a I b Il a no no
Overturf and Reklaitis, 1983 -1V a-d I b 1] a,b no yes
Miccio and Salatino, 1985 I a I a Il b no no
Lemcoff, 1988 I a-c I c I, Iv c no yes
Chandran and Sutherland, 1988 IV d [} ef Il a,b yes yes
Ho et al., 1989 -1V b 1 b 11 a no no
Azevedo et al., 1989 [} b,c Il a,b [} a,b no yes
Souza-Santos, 1989 I a I d [ a yes yes
Westby et al., 1990 I a I a I a no no




(b) Description of the models
A. model for fluidized bed
|. two—phase bubbling bed model: bubble and emulsion phase
II. three—phase bubbling bed model: bubble, cloud, and emulsion phase
[ll. compartments in series model: two phases in each compartment
V. slow bubble regime model: no distiction made between the bubble phase and the emulsion phase

B. gas flow pattern in the bed
a. plug flow in the bubble phase, mixed flow in the emulsion phase
b. mixed flow in both phases
c. plug flow in both phases; gas exchange between two phases is finite
d. plug flow through the bed: no distiction between phases

C. movement of solids in the bed
[. well mixed
II. well mixed in a number of compartments
[Il. dispersion of solids is finite; dispersion coefficient is used for mass balance

D. devolatilization of feed coal
a. instantaneous devolatilization; volatiles evolve uniformly across the plane of coal feed point
b. devolatilization is slower than mixing of the feed coal; volatiles evolve uniformly throughout
the bed
c. not considered
d. devolatilization is instantaneous at the feed point
e. devolatilization is apportioned between (b) and (d)
f. devolatilization occurs as solids diffuse; volatiles undergo diffusion—controlled combustion

E. kinetics of solid coal combustion
[. film diffusion controlling
[I. both film diffusion and surface reaction influence the rate, but homogeneous oxidation of CO to
CQO2 is assumed to be very fast
[Il. rate of CO oxidation is comparable to that of other reactions
IV. includes ash layer of diffusion

F. elutriation considered?
a. char burns to elutriable size
b. attrition allowed for
c. not considered

G. freeboard combustion considered?

H. heat balance around char particle?



Table 1-2. Summary of characteristics of previous models.

SN 29 49
Sengupta and Basu (1991) — Cell model
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- |EA model

Hannes et al. (1995)
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1. Combustion of coal

- Time scale of Solids mixing, 3 — 10 sec

- Release and combustion of volatile matter.

5-20sec
- Combustion of the remaining char, 100 — 500 s.

- Heat transfer, 100 — 200 sec
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Figure 5.1: Coal composition by proximate and ultimate analysis
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Figure 5.3: Ignition mechanisms at a coal particle after Stahlherm et al. (1974)
I Particle ignitior and volatile combustion

II: 1. Volatile ignition and combustion, 2. Heat up, 3. Particle ignition
III: Parallel ignition of volatiles and particle
X, 0, V: Optical measurements

In fluidized beds all three mechanisms occur due to wide particle size ranges and high heat-
ing rates. It is up to the detailed models concerning drying, devolatilization and char com-
bustion to consider the different effects in the proper quantities.



Devolatilization of Coal (& Et2| & 2dH)
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Figure 1 Unified temperature profile for the yields of various products
upon flash pyrolysis in Ar. Relative product yield against the yield at
1037K is presented. Circles and bars indicate the median and the range
of the ratios for the 7 coals

from Xu and Tomita (1987), Fuel, 66, 632



Ezoldd=2 U=

Temperature dependence of tar composition (Goyal and Rehmat, 1993)

Xigr = —4.95x1074T +77.4x1072
Xy =-2.41x107*T +40.23x107>

Xo =-225x107*T +30.74x1072 T <1077K
Xo= 6.5x1072 1077 <T <1144 K

Xy =—1.51x107*T +28.44x107>
Xg=-27x107*T +37.4x1072

Assume that a certain fraction of tar undergoes partial combustion/

decomposition:

C,H,0 ﬁsyNS%[v— Blo, =H,S+NH, +vCO+%(a—2;/— 35)H,

Gas yields

Yo, = 0.167 =0.0017 /(O/C)
H vt = (H/C)-2(H,0/C)
Yo, = 0.085 H p +7.65x10 T —0.1152

Yh,s =3.91x10 7T —0.106

The hydrogen and nitrogen in the product can be determined by

elemental balance.

(3)
(4)
)
(6)
(7

(1)



Loison and Chauvin (1964) require only a proximate analysis of coal, but they do not
account the temperature effects.

Xy, =0.157—0.868xyy +1.388Xyy

Xco = 0.428—2.653Xyy, +4.845%%,
X0 = 0.409—2.389%y +4.554xXyy

X, = 0.201-0.469%y, +0.241X3,
Xco, = 0.135-0.900%, +1.906Xiy
Xear =—0.325+7.279%py —12.880Xsp,

where, x,,, = the mass fraction of volatile matter in coal on a dry and ash—free basis, X;
= mass fraction of component /in the products of pyrolysis, ka/kg

Ma et al. (1989) correlated the various gas vields in devolatilization of sub—bituminous
coal and lignite in a pilot—scale coal gasifier

Mi/Mgs =A +BT (8)

Lee at al. (1997) and Kim (2000) measured the product gases in relatively large
fluidized beds and correlated their gas yields as a function of temperature as like
equation (8).

Goyal and Rehmat (1993) may be used to predict variables in devolatilization
stage in a coal gasification process.



A result
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Combustion of char

C+02=C02 (a)
C+1202=CO (b)
C+C02=2CO (c)
CO+1202=C02 (d)

Single film theory (Direct oxidation model) for
small particles.

Both (a) and (b) occur at char surface.

The rate of (c) is very low, so can be neglected.
Some of CO oxidizes to CO2 by (d).

CO2 HA= HOUIUA LU LE=DF?

Imm Ol&2 2 2Ae B CO = MATI
SIAMEHURIAN SXEH Z2HUA EFAESCH
Bt A2 Ao ER0= CoJt ME
FAFE| O LE2Ct (Ross & Davidson, 1981)

Joo

Fig. 10.1.1 Oxidation reactions in and near a burning char particle.



The effective reaction at the char surface:
C+lO2 = 2—2 CO+ z—1 Co,
(()) () ()

® =1 for CO2 transport from the surface, 2 for CO transport.
The mechanism factor depends on diameter and temperature.

2p+2
O = 5
p+2 d <0.05x107m
@ - 2P+2-p(100d -0.005)/0.095 0.05x107°m<d <1x107°m
p+2
d>1x107m
D=1

The ratio of CO to CO2 formed at the char surface
— 6244)

p=2500 exp(

How istherate expression ?

Carbon combustion rate of a particle can be defined as

rC =ﬂd2kCCAe (3.2-12)
where =
kc =
I 1
+
ks @k

Specific carbon combustion rate is by dividing (3.2-12) with particle volume.

Fenar == KeCo,



The mass transfer coefficient is given by

Dg
Kt = Sh?
For a single particle in a gas flow

Sh=2+0.69Re"?* X'?

Chakrabourty and Howard (1981) considered fluidization state,
pgU:d
Hg

Sh=2-£+0.695" Re"? where , Re=

Diffusivity of oxygen at nitrogen atmosphere

D, =8.34x10°T'7 L
P

As pressure increases,

A
2 aP"+b



Combustion Kinetics on the char surface

E
k. =k exp| ———
=K p( RTPJ

Smith (1978) suggested n = 1 for T>1000 K and n = 0.5 for T<1000 K
Let’'sset n = 1 refer to literature data of Table 5.1

ks =595T, exp(— 149200j
RT,
reference carbon density [:I—%] K oac.0 [Fx—gfm;] E/Rg [K] | reaction order n fuel
Hamor et al. (1973) 440 0.918 8200 0.5 Brown coal char
Goldman et al. (1984) 1500 790 17676 1.0 Anthracite char
Smith (1970) 1500 1.90 9561 1 Anthracite char
Smith (1971a) 1360 2.013 9600 1.0 Semi-anthracite
Smith and Tyler (1972) 1320 5.428 20100 1.0 Semi-anthracite char
Sergant and Smith (1973) 760 ' 2.902 10300 1.0 Bituminous char
Howard and Essenhigh (1967) - - 3000 - 6000 1.0 Bituminous char
Daw and Krishnan (1983) - 0.0404 5787 0.6 [llinois coal (Bit.)
Song and Basu (1991) - 20.57 9600 0.5 Prince coal (Bit.) (T; < 1000 K)
Song and Basu (1991) - 0.0263 3106 0.5 Prince coal (Bit.) (T, > 1000 K)
Young and Smith (1981) 1640 - 1850 7.0 9911 0.5 Petroleum coke
Field et al. (1967) - 859.0 17976 1.0 Various char
Smith (1971b) 1640 - 1850 1.97 9058 1 Petroleum coke
Smith (1971b) 1500 : 0.99 8555 1 Anthracite char
Smith (1971b) 470 - 7900 0.79 ‘ 8052 1 Bituminous char
Halder and Basu (1987) 1640 1.10 8125 0.4 Electrode carbon
Essenhigh et al. (1965) - - 20000 0 T, < 1000 K Carbon
1.0 T, > 1000K

Table 5.1: Reactivities of various fuel particles, Basu and Fraser (1991)




Oxidation of combustion products
CO+%OZ =CO (d)

Reaction (d) is strongly influenced by water conc.
fco= Kcngng2 ngo
with Kco=6.5x10"expE15100T)

Howard et al. (1973): o=1, p=0.5, yv=0.5

Author Ko ER | « B Y v p
WY | (k) | ()| 9 | )] o | o
Howardetal. (1973) | 1.3108 [ 15106 1 | 0.5 [ 0.5 | 567 ... 2087
Hottel et al. (1965) 19105 18056 | 1 | 03 |0.5|977..1277 | 0.25-1
Dryer et al. (1973) 13100 {20141 | 1 [025]05]977..12717| 1
Yetter et al. (1986) 7210 [ 34743 | 1 [025] 05 ]977..1277 | 0.3-3
Lyon et al. (1985) 4710° | 11883 ] 1 [025]05([977..1277] 1
1
1
1
1

Lavrov (1968) 5.7107 | 14250 025]05(977..12717] 1
Hayhurst et al. (1990) | 1.81T7%> | - 05| - [977..1217] 1
Scholer (1992) 1.4310* | 6699 05105 - 1
This work 1.10" | 15106 05 ]05 -

Table 5.3:  Approaches for the homogeneous oxidation of CO (withn = 1—a - —y),
partially assembled by Braun (1996)

To get combustion rate of a single particle, It is necessary to know oxygen concentration in
the surrounding emulsion phase. — This leads us to the fluid mechanics and gas mixing of a
fluidized bed.



3.3 Fluidization & Mixing

Highly expanded bed e>0.65 — CFB (=8tgzs)
Beds with 0.45 << 0.65 — Bubbling FB

Two-phase theory (Toomey & Johnstone, 1952).
The gas is thought to percolate through two regions:
Bubble phase and emulsion phase.
The two phases being interconnected by mass transfer

Flow regimes.

regime characteristics criterion
fixed —gas percolates through the voids between the | U <U
stationary particle
slow bubble —interstitial gas velocity (l.e. velocity of the gas | us > uy,
percolating through the emulsion phase)
—part of the interstitial gas uses bubble as shortcut
fast bubble —interstitial gas velocity is below the rising velocity | Ug < Uy,
of bubbles
—circulation gas flow in bubbles gives rise to cloud
region
rapidly growing —bubble growth rate exceeds bubble rise velocity d(dy) o u
bubble region, d, br
apparent —gas accumulation in bubbles is of same order as
slugging through flow
turbulent regime | —turbulent flow with small flow channels U=05U,
—vigorous circulation of the solids in the bed
pneumatic —complete elutriation of bed mass U>U,
transport




Most modeling work is fast bubble regime, dominant in small particle systems.

Gas mixing differs substantially for each regimes. In fast bubble regime the circulating gas flow in
the bubbles gives rise to a substantial resistance to mass transfer between the two phases, — very
important !

Stationary Slow bubble »* Emulsion gas
bubble and bubble
move at same

speed

(a) U, =0 (b) —.= 0.6 =7

Very fast
bubble

J/ Thin cloud
&

Most of gas
stays within
bubble

v, U Y,
(d) — = 1.1 {e) =7 (f) — >100
U, Uf Uf

Figure 1.10 Streamlines of gas near a single rising bubble, from the Davidson mocdel.
Only flow on the left side is shown, the right side ts symmetric (From Kunii and
Levenspiel™)



Fluid Dynamics
- Minimum fluidization velocity.

Ergun (1952) used frictional pressure drop balance and suggested:

150(1—-¢
175 Re,2nf+—0( r;f)Remszr

3
gqu)s 8r3nf s

Containing the minimum fluidization velocity in the Reynolds number
Umfdspg
Mg
and the solid and gas properties in the Archimedes number
d2p4(Ps )9
Hg

Remf =

Ar =

A different approach was suggested by Broadhurst and Becker(1975)

A p 0.22
- Kl(—g] Ar082 4 K,
Repy Ps

The correlation of Wen & Yu(1966) which does not require a particle shape fa

Reyy =(33.72+0.0408Ar* 337 (3.3-1)

gives a decreasing U, with higher T, P

The bed voidage at minimum fluidization state. Broadhurst and Becker(1975)

0.021
£ =0.58607"7 Ar°'°29[&]
Ps

for the ranges 0.85< ®d <1, 1 <Ar< 100000 and 500< ps/,og <50000.

1000
10
E
0
T 0.1
0.001 #
10°
04 10 1000 100 10
Ar
—— Wen and Yu (1966) —— Grace (1982)

—s— Chitester et al. (1984)
—+— Saxena et al. (1977)
—— Babu et al. (1978)
—— Thonglimp (1984)

—+— Richardson (1971)
—o— Preto (1986)
—=&— Broadhurst and Becker (1975)

Figure 4.8 Comparison of approaches for minimum fluidization state




Two—phase flow division

FRUE JIADE two phaseE 24tEl= A2 two—phase 212 2 EE2 DN 8=olk=
2= NERINIZ S35 &0 2Rl MERUXNIZRH2| MHE = S22 2o SI82 SR0oHCH
ZAFSI 2PC=E U= = U= JIA= bubblel] HEHZE SECH
Qr =Q, +Qy
2 AS SHAEOZ LA, A visible bubble flow OICH
Q
= _y-u
A mf
AISIAEOl =40l 2l6HH two—phase theory = visible bubble flowS UCHGHAI GISalD UCH
= ANI2=E O 22 JIAIE emulsion @2 SEC

%zU—Umf(Hné)

8 is the volume fraction of bubbles in the bed.
n=0means * ideal’ two—phase theory.
larger n — emulsion phase flow is larger, the departure from ideality becomes greater.

|.AO
— S



True volume ideal

2 phase theory
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Figure 1.5 Variation of the expectation of
bed height (From Rowe and Yacono?’)

Another way,

S

the ideal true LO[llIYl(,’ two-phase theory with~

= _yU-U.). 0<y <I
A YU —-U¢) <y
author 4 Remarks
Cranfield, Geldart(1974) 0.55 dp = 1000 - 2000 um
Xavier et al.(1978) 0.8 dp =158 - 885 um
Subzwari et al.(1978) 0.6— | dp=100u. ¥ decreasing with P
0.9




Correlations on Bubble Diameter

Yasui and Johanson(1958)

L, =0.33p4d,[Ug Uy )-1%H

g

Geldart(1972)

U, -U, P21
De=1'43{ g;N”‘f } +2.05U 4 -Upy **H
or

Mori and Wen(1975)
M:exp[—o.:;H /Dc]
Dpm — Do
~ 0.2[( ) ]0.4
Dom =2.5997|U g —U ¢ )/ A

Dy =1.389°2[(A /N, )(Ug —U )]0'4

Rowe(1976)

D, = (Ug ~U )1/2(H n HO)3/4/91/4

Wether(1976)
D, = 0.00853[1+27.20U g ~U y 13 (1+ 6.84H )

Darton et al.(1977)
Do =054, Uy P*(H +2v7dy ) /9%

Choi et al.(1988)
Do =1.787(U g ~Uyy J/*{H +0.4199"2D,2 U, ~U o ) /0"



Bubble size

CHR=2l a2tal2 small particle systemsOilA FEEIU=0, Glicksman et al.(1981) Off 2loHH
Olcigh af2talz2 2 2Rt 20 JI1REel IJIE N0 Al oiEotl ACH

No correlations to dat for the influence of bed internals — Heat exchanger tubes.

A mechanistic model of bubble coalescence was proposed by Darton et al. (1977) which leads to an equation
predicting bubble diameter closely similar to those resulting from empirical studies. Assuming the two—phase
theory to apply, the variation of bubble diameter with height is calculated to be:

. 0.54U —U,)* (z+4/ )"

b 02

g

in Sl unit.

where A, is the so—called * catchment area’ which is taken to be the area of distributor per orifice; zero for a
porous plate distributor.

In accordance with the analysis of Bar— Cohen et al.(1981) of the data at large particles.
dy=oU —Upy)2"7
with o a parameter.



Bubbles velocity

On the basis of two—phase theory, Davidson & Harrison (1963) proposed the rise
velocities.
For single bubble.

Ubr 20711 gdb

For bubbles in bubbling beds:

Weimer & Clough(1983).

0.5
U, =Cp 2 4071 9%(Ps7pg)1~9) (3.3-9)
A Ps

with Cy is the distribution coefficient for bubbles over the bed cross section.

Bed height (or expansion)

Bed mass from mass balance

Hg
M= ps[ * A2i-e2)z

where bed voidage is given by
£(2)=0(2)+[1-0(D ey

the local bubble fraction & (z) is related to the visible bubble flow ;
52)= Q /A
Uy,(2
Kunii and Levenspiel (1991)
Uu-u
5= mt
UB




Mixing
Solid mixing

IOt ASBHIHA DHIE FIdE
O order JF &CL
al, 1981).

C}-D:|I-IO| H |D|_I-I

—ue_ —/

“ledut

OE§O|
TTSS—

Gas mixing

M=K B

olo

[B=w—

Slow-bubble regime NHIM=
o=z =L}

Fast-bubble regime HIA= JIEE

H ==Lk

SHl= JHC| =Ager E8i2 2Eollh iU 532 g2 Al

B2E diffusion equation @2 ZAFSHCH (Highley & Merrick, 1971; Tojo et

X2 F0jl=

emulsion phase £ ITMEBETACZ JHEY
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Neglecting radial relations and excluding the chemical reactions,
the gas mass balances for bubble phase are;

Wa
gas T solid
toz
z
considerind*volume = AAz-§
Mol flux = sE7HiE2 olst + R 2=2=2 Qldt
Molecules diffusion flux bulk flux
ACC =in—- out
AAzé'aa% =W, - Adl, =W, - ASl,, , — (AAZE)K o (Cp, — Cp)
UHAZS AAZ-O0LZE Lesd Az 02 BUH,
oC, 0’C, Q,oC
== _ D b _ bbb _ K, (C.-C 3.3-14




the gas mass balances for emulsion phase are;

for gas in emulson phase

A

considering volume = AAz-(1-90)&y
As like before,

aC,
ot

9°Ce Q. 9C,

1-0
( )E P A oz

=(1-8)ens - Dy +(1=8)em Kpo(Cp, —Co) | (3.3-15)

Simplifying assumptions:
The gas in bubble phase is almost treated to be in plug flow, i.e. D=0
How about the emulsion phase gas?

-plug flow (De=0) : upward or downward flow

-complete mixing (De=o0)

Mixing phenomena may be considered to be in steady state. Eq(3.3-14) & (3.3-15) then
reduce to;

dc
Q_At:d_zbz_aKbe(Cb_ce) (16)
for the emulsion phase in plug flow,
&dc—b:(l—é')gmf Ky (Cp —Cy)) (17)
A dz ®

for the completely mixed emulsion phase,

He
Q—A‘a(c0 —ce)+j0 8K e (Cp —Co)dz=0 (18)



Gas interchange between bubble and emulsion phase.

(i) diffusive mechanism : like a gas bubble in a liquid.

(ii) convective process : is due to the gas “ through flow” through the bubble surface.
Slow bubble? 2= emulsiont E28t JIAWE0| OIFHHAM S AAOIN JIA=sSZ XHO|
Jb Hel SiCt] 2Ch. Fast bubble2 JtA2 HIOIHA I UAHA = XHOIIF UCE.

The gas interchange coefficient from Kobayashi et al.[1967]

0.11
Kpp = ——
be db
Kunii and Levenspiel (1977)
1

Kpe=—————
71K, +1/K,

where
DO.S 0.25

+5.85 gdlgs
b

U

K, =45
b
Emt DgUyp

d

K, =6.78

Davidson & Harrison(1963) derive the following on theoretic grounds;

0.5
u D
Kpe = 4.5—"+10.35| —% (19)
db db'

Sit & Grace(1981) propose to account for bubble interactions:

0.5
U D,-e.U
Kpe =2.0—1+6.77] —2—2 (20)
d, dp
convective diffusive
contribution contribution

Good reference: a compilation of Sit & Grace(1978).



solids

feed:
ed converted
coal to gas
limestone exit |—pu cyclone |—m{ filter |- — — — -
sand | _elutriation
¢ combustion
: filter ash
fragmentation -t —
attrition
* cyclone ash
|t —
devolatilization |4 | bottom ash
— - T sifter ——
segregation
+

Figure 4.19: Overall balance of solids

e Elutriation: Particles are blown up in the riser and leave it as they pass the exit which
creates a separation effect

e Cyclone: The particles are separated from the gas, a small amount of fines escapes
the system and is captured in the filter, the rest is fed back

e Segregation: Coarse particles accumulate at the bottom where they are extracted to
keep the mass inventory constant. Some systems have a wind sifter to return the
- smaller particles, or an ash mill to grind the returned ash



Shrinking rate of a char particle [m/s] is found by additive contributions due to combustion and

attrition:
dd (dd dd
d == — +| — 2_1
0= [dtja (dtjc e

The shrinkage due to combustion could be obtained from carbon balance for a particle.

accumulatin consumptio
of carbon witin |=— by
a charparticle combustion

As the combustion rate of a char particle is

fe =md’kcCone (2-2)
0 Wie T 3 1 2
— —d’ - — |=—md"Kk:(d)C 2-3
ot {pCh Wi +W,e 6 Mg c(@Coze &9
W
Let A= fc : fraction of fixed carbon in the char.
Wi +W,o
This yields:

ad) _ 2Mc | 4 (2-4)
(atjc PernB ol Soore




The oxygen conc. will be height-dependent. For easy solving, we can assume that

ke(d) may be evaluated using the mean oxygen conc. in the emulsion phase, given by
C_:oz,e = IOHB a(Z)Coz,e(Z) -dz (2-5)
where
_ l-6alA@
[ 1-62]A2)-dz
The mean shrinking rate for char with diameter d is

ad)  2M, _ (2-9)
(gjc " (e

where kc is the overall rate constant and is given by

1 Q2-11)
T
S kdiff

k. = 595T exp{_ 14;_2;’0} f  where R =8.314 J/mol.K (2-12)



Attrition Models
For combustion—assisted attrition,

Mass rate of carbon fines elutriated is proportional to the carbon surface exposed to attrition.
(Donsi et al., 1981)

E,=KU -U )(%) (3-1) for lager size than inert
Merrick & Highley (1974)= A &3 £ dolomite2 OIRMHE SS=9| elutriation HES X
AOIECH OIMIE22 MAE=C= Unf 042 excess gas velocity @F S2H 0l dldIStCtD HIAl
St L.

E,=KU-U )M, (3-2) for same size as inert

When Eqg.(3-2) applied to each size range of particles,

_am
dt
where M, = weight of particles of mean size x in the bed.

—Ex *=-KU-Uq M, (3-4)

Then the rate of size reduction is,

dd K
(E)a_—?(u ~U 4 )d (3-5)

A 2ot 2YNES A (3-4)2 HSEC O Zel Ot2Soah OlAE XE0 2
XS A0Sl SZ2HUA H=E X AlZtS 2UWHI1 201 0 Al2t2 X120 2 voids Off Hl
cllg Zd0ICH MctA otLtel 2FeIE =g = ULL

(%) =_§ f(U U )d (3-7) used in IEA CFBC MODEL
a

where f, = fraction of particles in the bed smaller than size d.

The attrition constant(DI24&t4) K =
Ol, Ol48t ¥&s Do)l fdlAde

rr

EF, HAZ° e, 2010 et HREs U
O

FOorAEel A4S0l 2ot

_,_
_|.




Massimilla and Salatino(1987) proposed the constant in Donsi’ s.

pody(l-X)g

=T 0

(3-9)

where

pp-dy: the density and diameter of bed inert particles.

X : degree of carbon conversion.

@, the deformation work per unit volume at the failure point of carbon.
But, the evaluation of ¢, is much more difficult !!!

Lin et al. (1980) in char/sand fluidized bed:

(%} = —aexp[bU —Uy ) (3-10)

Lee and Keener (1993) at the attrition of lime sorbents in CFB Absorber.
aw o WP-WE)

(3-11)

dt Y U-Uy)’

E
where K, =K,exp| -—2—
a 0 p[ (U _Umf)z:l
W: weight of parent solids in the bed

Wmin: the minimum weight with which the attrition may be negligible after a long fluidization.
Ea : attrition activation energy.

Wells and Kriahnaa (CONF-800545-1) presented that the attrition is strongly influenced by
the feed system design of the AFBC. For example, the series 5 data can be correlated by

E. = 6.74(d ) Uz 2 (3-12)

E. = rate of attrition, g/sec
d = mean feed particle size distribution, cm

T = weight space time (weight of bed/lime flow), hr.



Elutriation constant

The elutriation flux of particles size d is proportional to its weight fraction in the bed,
F,[d-d+Ad]=k,(d)p(d)Ad

p(d) denoting the coal mass distribution
As another form:

1 dW (W
A d W

*

Many correlations have been proposed for the elutriation rate constant k,(d), «; .

Merrick & Highley (1974)29] =&

. WS U 0.25
F,(d)= M—gexp - 10.4(—tj (3.4-4)

B u U—Upy

Where F4 the gas flow through the combustor and Mg the total bed mass.



TABLE 3 Correlations for Elutriation Rate Constant

Experimental Conditions

dy dp.coarse dpi o

Investigators (m) (um) (um) (m/s)

Yagi and Aochi 0.07-1.0 100-1600 80-300 0.3-1.0
25] (1955)

Wen and 0.102 ~710 50-150 0.61-0.98
Hashinger
(26] (1960)

Tanaka et al. 0.031-0.067 718-1930  106-505 0.9-2.8
[27] (1972)

Merrick and 0.91 x 0.91 63-1000 ash, 8-100 0.61-2.44
Highley 091 X 0.46
[28% (1974)

Geldart et al. 0.076 60-350 60-300 0.6-3
[29] (1979) 0.30 ~1500

Colakyau and 0.92 x 0.92 300-1000  36-542 0.901-3.66
Levenspiel 0.30 X 0.30
[30] (1984)

Kato et al. 0.15x0.15 58-282 37-150 0.2-11
(6] (1986)

Correlation,
Re, = dpipgu i/

K: gdzi 2
——=F— = 0.0015 Re{’® + 0.01 Re{-
plug = uy)
- - 1.15
M sx07s et i x Re?m(%—pg)
Pg(uo - uy) (gdpi) ' Pg

s P, = Py\0.15
=0.046 (uo ;‘Otis) % Re?.:l(sTg.E)

*

: N0/ 4 . \0.25
u =0.0001+130exp[—1o.4(”“) (%) ]

pg”o Uy o~ Ymf

S o937 exp(—5.4 %E)

Pglio 0

N2
¢ =00tlp1- %) p, (kg

0

; Ps ~ Pg\ 061
— = 907X 107 R Rei-ﬁ(—‘w—g)
Pg(uo = ty) Pg

a=Re; %8 Fr=(u, - uy )2/gdp,-
for Geldart group A particles




SOLIDS POPULATION BALANCE

Levenspiel et al. [O.Levenspiel, D.Kunii and T. Fitzgerald. Powder Technol, 2, 87, (1968/69)]
have derived a general equation for the solids balance around a fluidized bed reactor in which
particle size changes because of reaction.

Fo, kg/s
pz, m'!
» Fa(Rj), kgls

Fgq, kg/s

po, m!
Fo(R;), kals

W, kg
py. m? Fy kg/s
W(R,'),<kg Pi. m-1

%F,(Ri), kg/s

FIGURE 4
The fluidized bed operating with a wide size distribution of solids.

— Steady state

— Spherical particles of const density psg.

- backmix flow in the bed (hence p,(R)= p;(R)

- particle growth or shrinkage given by a general S(R)



A balance for the solids contained in a cut of width AR can be written for growing particles as

solids solids solids

entering in |—| leaving in |—| leaving in |+

feed overflow carryover
solids growing into solids growing solids generation
the interval from |—| out of the interval ||+| due to growth =0
a smaller size to a larger size within interval

Fo Py (RIAR—F; p; (RIAR-WK ¢ (R) p; (R)AR+Wp, (R)S(R)| , ~Wp, (RIS(R)| ., +¥ P (RIS(RIAR=0
(1)

from which,
A balance for the solids contained in a cut of width AR can be written for growing particles as

solids solids solids
entering in |—| leaving in |—| leaving in |+
feed overflow carryover

solids growing into solids growing solids generation

the interval from |—| out of the interval ||+| due to growth =0

a smaller size to a larger size within interval

Fo Po (RIAR— F, p; (RIAR-WK . (R) p; (RIAR +Wp, (RIS(R)| . Wi, (RIS(R)| ., - +% P (RIS(RIAR=0

(1)

from which,

FoPo(R) = F pi (R) ~WK(R) pl(R)—W%[Q(R)S(R)]Jr% P(R)S(R) =0 (2)

same as equation (3.5-13) in Kool (1985)° s thesis (Dynamic model):

(wfc+was)ﬂo<d,t>—ku<d>ﬂ<d,t>—%[ﬂ(d,usm)h%Md,tﬁ(d) =§z<d,t> (3.5-13)

where A(d,t) [kg/m] denotes time—dependent mass distribution of char in the bed.
p,(R) [1/m] the size distribution function of char in the bed.



An overall mass balance represents the rate of generation or disappearance of all solids in
the bed:

drR < 0 for shrinkage. (3)
all R R

The continuous size distributions of bed particles are given by

FoR? % po(R)OR,
R =—2—1(RR i 4
pl( ) W|S(R)| ( 2] M)R Ri3|(RiaRM) ( )
R
| SR/WKR)
where I(R, Ri)—exp{ i—S(R) dR} (5)

Overturf and Kayihan(Powder Technol.,23, 143-147, 1979) warn that taking the discrete size
slices of the above equations may lead to very large errors unless many size slices are taken.
They suggest a discrete from of equation (2)

For shrinking particles,

N Fo Po (R)DAR; —Wp, (R;,;)S(R;,;)
pPi(R)= W
-WS(R)) + F,AR; + WK (R))AR; —?S(Ri AR,

For simplicity, let’ s use the forms like F(R)=Fp/(R), then eq. (13) and (3) are re-
arranged as follows:

] £y (R —w 1 (Ru) S(Ru)
1(R) _ F AR;

@33)
S(R
iR w Ry -w SR - TSR
PIREALEY (34)
i 1
Fi+F,—F =3WZ—F1(F|§)RS(Ri) (35)
i 1%
F,(R)=W(R)K.(R) (36)

A(33)2 RBESSH ZMots 2 XTI 220 20§ S5 YRS B2AS0 ML
Ste ASE PAE HYWIAS ) =0, Ol 0S9 IA(4 34)0 HEIMNK B2
AOR E4 UCL 01F0Es SZ4X (35), (36)222E F2 ¥ 1 ANSEES 7B




Gas phase balances

Taking the mixing and devolatilization times into account, we assume that the volatiles are released
uniformly in the emulsion phase.

In the thesis of Kool, only two gas components are adopted in the balance. The rest gas components are
calculated from stoichiometry.

Gas consumption due to the partial combustion of volatiles.
(Doz = l}/Yoz

Where R, denotes volatiles released [mol/s] and Yq, the oxygen required for the partial combustion of
volatiles to CO [mol/mol].

Do =Reo + R/ Yeo

Influence of char on:

02 balance
The overall char combustion rate is found from
Fone =—jwdd [ka/s] (3.5-14)
(o]
with
od 1 —
Rc(d){—j — 248k (d)Co. (3.5-7)
at Jc Pch



Based on reaction (3.2-3) the overall oxygen consumption [kmol/s] due to char combustion
is given by:

1 F 6 Ak —
Yo, = —— = €dd-C
°2 7% 12 pchj od Ox
Yo, =§OZEOZ,e (3.5-18)
6 |t 1 A(dke(d)
where (o = dd (3.5-19)
%" pa [{cb(d) d ]
CO, balance
Using
6 | Td(d)-2) A(d)ke(d)
= dd 3.5-20
¢ co, hL o(d) . ( )

the CO generation due to char combustion is given by
Yoo, =¢coCoe (3.5-21)

In order to account for the influence on the mass balance over an incremental height interval
we define

@ (2)=a(2)Pg, (3.5-22)
@ (2)=a(2)P o (3.5-23)
@ (2)=a(2)®o,Co, (2) (3.5-24)
@5 (2) = a(2)P o Co, e(2) (3.5-25)

rr
0]
1
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x
i)
(R
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>
=

OIIA a(z) emulsion phasell Al heighttl THE fractiong 2006
FUHRCH



For bubble phase. O, balance

Vb
bubble emulsion

ztaoz

|

Vb
Acc = in— out + gen — concumption

d
Co, : conc. at emulsion phase
divided by Az & Az— 0

steady state

* mol
—(AAZS)kpe(Co, —Co, ) - [AAzS ]kCOCI(-)IfOCgf Ceo {T}

Z+Az

aC P .
AS 8?2 - —E(Coz V) Adkpe(Co, —Co, )~ AS keoCliToCS Coo
aC .
o o _ ~A&pe(Co, —Cc,) — Ad keoCritoCS Ceo (3.5-30)

V, +Cqo —
b9z % 9z

CO balance

) *
§[Cco - AAZS ] = CcoVb| . CcoVb| —(AAZS)Kpe(Ceo —Cco)

Z+Az

- [Aazsh KeoC |(-)|‘250 Cgf Ceo

as above,
oC Vv .
Vb a;o +Ceo a_zb = A& kpe(Coo ~Ceo) ~2Ad keoCi’oCo Coo
. dCco 1 av,

dz = —W|:2A§ kCOCI(-)I.ZSOCg.ZSCCO + A§ kco (CCO — Céo) + CCO H:| (35_31 )



For emulsion phase.

Plug flow condition (Dag=0)

Ve

for gas in emulson phase

O, balance
Acc=in —out + gen

a * * * *
F [coz - AAZ(1-8)éeng ]: Co,Ve| ,—Co, Vel Do, —Wo, +(AAZE)Kye(Co, —Co,)

Z+Az

— AAZ(1 - 8)ény keoChioCo,  Ceo

+Az & Az— 0

£ *

d * £ *
a[cco2 'Ve]= Vo, —®o, — Al - 0)ey kcoCH(Z)gCozo'SCco + Ad kpe(Co, —Co,)

dcg 1 05505 . Y
=% _ —V—{‘Poz + @, + Al - 8)en KeoCilo o, Coo — Ad kue(Co, —Co,)+Co dze

dz o
(3.5-36)



3.6 Heat transfer

Assuming a uniform bed temperature, the heat balance for the bed

%(MSCSTB)z E, () — E,(t) (3.6-1)

The energy generation rate is given by:

HB
E = (\Poz —0.5%¢o )Sl +05¥ S, +R/ S + S J.kcoAB(Z)ngo[(l — )€y C38'25,eCco,e + 5C8'25,bcco,b]dz wit
0

h

S, = heat of reaction C+0, =CO,, 3.97 x10°kJ/kmol O,
S, = heat of reaction 2C+ 0O, =2CO, 2.35x10°kJ/kmol O,
S, = heat of reaction 2CO +0, =2C0,,  5.59x10°kJ/kmol O,
S, = heat of volatiles combustion, kJ/kmol volatiles

R, = volatiles released, kmol/s

The energy removing rate is given by:
E, =0 A(Tg —T) + FyCq(Tg —Tin) + FeoCeo (Tg — Tin)

Heat transfer coefficient between bed and immersed cooling tubes,
By Glicksman & Decker (1980):

)
o =(1—5)d—g(9.3+0.042Re-Pr) (3.6-5)

S
where ﬂg = thermal conductivity of gas



3.7. Gasflow dynamics

Gas flow dynamics will be fast compared to char combustion and bed-heat up.
The combustor pressure is given by:

M 7-
Py = PyRTy = T, (3.7-4)

g
Mass balance of gas inside the combustor volume:

M,
dt

= Fg,in o Fg,out +(W\/ + WN)FCO,in + Fch,C



3.8. Numerical solution of the model.

2 M

[—

FIGURE 3-2.

2 steady-state conditionsE FetCt&, Ol = 0 transient Hs2 F

input data

o

Ct.

1

disturbance

(pg: TB) - dependent
properxties

1

calculate pg

fluid dynamics

1

(pq, 'l'a) - dependent
properties

estimate Fco ,in

) g

fluid dynamics

calculate Ez (3.6-4)

b

calculate Yoz, ,CO

calculate ‘foz, Yco

(3.5-18), (3.5-21)

calculate C
02 e

calculate C
2¢®

calculate Bl' Ez

calculate zx (3.6-2)

Simplified flow chart of
the computer program.

calculate '1‘n

increase time

output data




3.9 Sengitivity Analysis
Analyse the impact of the main hypotheses and operating parameters on the model predictions.

Experimental facility referred for this simulation is shown in Fig. B-1

-ﬂ. outlet valve
2

"

cyclone coal feeder

@ alutriate
air -Q 3‘_ inlat valve
25 bars
cooling 2
water ‘ =




table 3.7.

proximate (%) ultimate (%)
moisture 1.7 carbon 87.1
volatiles 10.3 hydrogen 4.0
fixed carbon (dif.) 84 .7 nitrogen 1.8
ash 3.3 sulphur 1.1
oxygen (dif.)
ash 3.3

TABLE 3-T7.
Coal analysis: NBAG anthracite.

The values of the operating parameters taken as base case in this study

are given in table 3-8.

pressure 0.5 MPa
bed temperature 1173. K
fluidization velocity 1.05 m/s
flue gas oxygen concentration 5. %
TABLE 3-8.

Base case operating parameters.



| mportant sub-processes =

combustion

Kinetic relation of Smith (1970) for
Anthracite

Kinetic relation of Field et al. (1967),
which has widely been adapted
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rate on pressure.
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I mportant sub-processes = fluidization/mixing

The parameter, ¥, defining the flow distribution
V,
—=yU-Uy)

The parameter, &, characterizing bubble growth:

dy(2)=(U—Upy ) 2"

I F XA E 23 E A0l S2 HWEOICH
A

—
| = | HECH
S.OF-
2.0
A Teq - 0.2
v 2.8 G=sX = 0.8
2 Aald = 1.0
'; 2.4 e = 1.4
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=
S a0l
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FIGURE 3-8.

Dependence of bed expansion on a and flow distribution coefficient Y.
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FIGURE 3-15.
Model responses to step in coal feed rate (1 sample = 10 [s]).
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Fig. Effect of excess air on carbon combustion
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